A theoretical study on the performance of steady state bubbling fluidized bed burners is presented using a simple mathematical model. The proposed model has pedagogical and practical advantages due to its simplicity. The calculations, whose results are plotted in several graphics, were based on data obtained in laboratory scale experiments. The experiments were carried out with wood chars and the model allows a proper evaluation of physical and chemical phenomena taking place inside the reactor, as well as a fast approach to the pre-design phase, before going towards more complex and time consuming numerical modeling. In the first part of the paper the steady state modeling is compared with the combustion of successive batches of char particles. Afterwards, the performance of a 1 m diameter bed operating from 700˚C to 800˚C is shown.
Introduction
The urgent need to use energy sources that could guarantee a reduction or the control of CO 2 emissions has led many researchers to look for the renewable sources of energy, like biomass [1] . Wood is the oldest and the most relevant solar energy conveyor known and used by mankind [2] [3] [4] [5] [6] [7] . Presently more than 15% of the primary energy consumed by mankind comes from the combustion of wood or ligneous residues [8] , but the efficiency of combustion under these circumstances is low. The interest on this energy resource is raising and European Union targets as far as bioenergy is concerned are rather ambitious [9] .
The use of biomass as an energy source in a country like Portugal, through the combustion of wood, can be considered under two ways, fast growing plant species exclusively dedicated to combustion leading to an exploitation rate of about 80 t/ha/year, or the use of the forest for other ends and using the corresponding ligneous forest cleaning waste of about 2 to 3 t/ha/year. These numbers are typical values for the Atlantic coast of the Iberian Peninsula [10] [11] [12] [13] . In the use of forest cleaning residues it is necessary to avoid soil depletion of minerals and nutrients [14] . The forest cleaning process can then be considered, under very limited restrictions, a source of biofuel easing the economic costs of the cleaning operation [15] . In either of these situations the main attracttiveness is on the achievement of a closed carbon cycle [16] [17] [18] [19] .
In developing countries biomass is frequently the most important source of primary energy corresponding to 35 % of their energy needs [8, 9, 15] . In the developed countries the increase of the efficiency of biomass utilization is one important target. In the USA the efficiency of a power plant stays around 20% -25% based on the higher calorific value of the biomass, while forecasts concerning the maximum efficiency through biomass gasification plants can go up to 43% [17, 20] .
Fluidized bed burners are flexible in terms of fuel quality and have a relatively fast response to load variations [2] [3] [4] [5] [6] . In fluidized bed combustion, fuel particles below 25 mm burn inside a bed of inert particles commonly of 0.5 to 1 mm diameter [21] . The amount of fuel particles is a small mass fraction of the bed, around 1%. The solid fuel is sent to the bed and is rapidly heated up to the bed operating temperatures, this provokes a strong devolatilization of the fuel particles and the majority of the volatiles burn above the free surface of the bubbling Copyright © 2013 SciRes. EPE C. PINHO 213 bed, while the charcoal solid core of the particle stays inside the bed while burning [22] [23] [24] [25] [26] [27] [28] [29] [30] [31] [32] . With this type of low temperature combustion (800˚C to 900˚C), low levels of NOx emissions are obtained. Other advantages are the high heat transfer coefficients that can be obtained if the heat transfer surfaces are placed inside the bubbling bed [33] , a relatively wide operating ratio and its ability to burn different fuels with high combustion efficiency, namely low calorific value fuels as biomass [34] . The rice husk is a good example, it cannot be efficiently burned in conventional furnaces whereas it has been burned with combustion efficiencies of 95% to 99% in fluidized bed burners [35] . When the sulfur content of the biomass is low the co-combustion of wood and coal is very attractive by keeping the sulfur oxides concentration in the flue gases under acceptable values [36] . Also due to the low nitrogen concentration of the biomass, the co-combustion can lead to a reduction of the formation of NOx [36] [37] [38] .
Due to the high flexibility of fuel utilization the fluidized bed combustion is becoming a reference in the combustion of coal and biomass [21] .
Steady State Combustion of Coke or Char Particles in a Fluidized Bed
In continuously working furnaces, the fuel supply can be considered in steady state regime although changes arrive according to the energy demands from the boiler user. As the fuel concentration inside the bubbling bed is very small, many authors consider that the individual behavior of a burning particle is not affected through interaction with other fuel particles and that the steady state combustion can be considered as combustion of a sequence of batches of solid particles [21, 39] . There are however more or less elaborated models for this steady state combustion process [39] , but such models are very complex.
Here a simple mathematical model for the steady state combustion is proposed. It is an evolution of a mathematical model for the combustion of batches of coke or char particles in bubbling fluidized bed reactors [22] [23] [24] [25] [26] [27] [28] [29] [30] . This model can be based upon experimental data obtained in laboratory studies of the combustion of batches of coke or char particles and is simple enough to allow the students to rapidly grasp the relative importance of the different phenomena taking place during the combustion process.
The fluidized bed reactor is considered an isothermal reactor and the burning particles are at bed temperature. This supposition can lead to some errors, for coke particles burning in a bubbling fluidized bed at 930˚C Roscoe et al. [40] verified experimentally that particles could be burning at temperatures around 130˚C to 160˚C above the bed temperature. This was obtained from visual analysis of the particles floating at the bed surface; it may be possible that they are not representative of the overall behavior of the particles that compose the majority of the batch under combustion. There is some contradiction among several authors that more recently looked at this subject [21, 41] . For example, Khraisha [42] considers that particles burn at bed temperature, while Komatina et al. [43] consider that the type of coal, the batch size and the O 2 concentration, all are important to define the evolution of the temperature of the particles during the combustion process. Here it is considered that the combustion takes place in isothermal conditions.
A solid particle undergoing a combustion process, Figure 1 , takes an elemental time dt to suffer an elemental reduction of its diameter [22] [23] [24] [25] [26] [27] [28] [29] [30] ,
and taking into account the overall resistance to combustion
But this particle belongs to a flow of particles that is continuously introduced into the bed and they compete among them for the available oxygen. To account for such competition a multiplying factor   is used for the O 2 concentration [44] ,
A value of  close to one means that the inter particles competition for the available oxygen is small, whereas low values of  mean low oxygen availability. There is some subjectivity on the choice of  values, but this it is nonetheless a simple and attractive way to quantify the importance of the easiness of access to the available O 2 . Figure 2 shows the O 2 balance inside the fluidized bed. Oxygen enters the bed through the fluidizing air and is distributed into the dense and the bubble phase [45] . In the dense phase the O 2 concentration is uniform and equal to p © 2013 SciRes.
C , for the bubble phase the oxygen concentration is given by
where X is the number of times the bubble volume is swept during its ascension inside the bed [46] . The dense phase is a uniformly mixed flow reactor while the bubble phase is a plug flow reactor [47] . The particles burn in the dense phase and their burning time is dependent on p C . Making an oxygen balance in a slice of fluidized bed with a thickness of dy at level y and looking inside the bubbles there, is then,
In this slice of the fluidized bed the O 2 inlet minus the outlet will be consumed in the combustion of the particles remaining inside it. As the O 2 concentration in the dense phase is constant and equal to p C , it is only necessary to carry out the oxygen balance of the bubble phase, to determine the oxygen that has been consumed in the combustion of the particles contained inside the bed slice under analysis.
But,
is the number of particles introduced in the bed per unit of time, assuming that the solid mass flow is composed of particles of uniform size and that their number stays constant during the combustion process. So, all the particles entering the bed at a given time instant burn at the same combustion ratio. Thus, the O 2 balance in the mentioned bed slice is given by, There is now the following system of equations,
as well, 3 6 π
The set composed by Equations (10) and (11) has no analytical solution. To follow an analytical path, an approximation can be adopted. The difference,
can be replaced by
with an error of 13% relatively to the results obtained with Equation (13). The system of equations will now become,
Equation (16) has an analytical solution. Reorganizing and integrating,
it gives the following result,
Integrating now Equation (15)  
it is obtained that,
This is the combustion time of mass fraction f of a particle from a mass flow of carbon particles introduced in the fluidized bed at the rate of c m  . This combustion tim sid e is dependent upon the load of particles in e the bed and the bed dimensions and such dependency is implicit in the oxygen concentration in the dense phase p C . If the objective is that the combustion of a mass fraction f takes place inside the bubbling bed, then Equation
Then Equ tion (22 a ) is introduced into Equation (20) to obtain,
In opposition to the combustion of batches of c particles, when the oxygen concentration in the dense phase changes along the combustion time and the bed hydrod ss flow rate of carbon is introduced into the bed it is assumed that all the particles have the same existing inside arbon ynamics term stays in series with the kinetic and the diffusive terms, for the steady state combustion regime, the bed hydrodynamics is superimposed on the kinetic and on the diffusion terms.
In this development and in the subsequent analysis, the mass of a coal particle, or the mass of a batch of particles, or the mass flow rate of coal being introduced inside the bed, will always represent the equivalent carbon value. According to this approach the density of the particles is corrected, by taking into account the corresponding mass fraction of carbon content obtained from the proximate analysis of the chars and thus the particle diameters are kept unchanged. 
Carbon Inventory of the Bed
and the total mass of carbon remaining inside the bed will be given by
iameter of the fuel particles inside the zed bed eq d , is obtained from the rate of fuel supich is the same as the comb 6 ct ct c
The average d fluidi ply wh ustion rate. 
valid for the temperatur C to 800˚C. The obtained experimental Sherwood numbers were coherent e range of 620ẘ
ith the values obtained in previous st combustion [28, 49] . Having as general basis these conbed, it is sults for succ es with an equivalent steady state situa-required be udies of coke clusions, as well as the operating conditions typical of the carried out laboratory experiments, it is proposed an analysis of the steady state analysis of the combustion of vegetable chars produced from nut pine and cork oak.
The Steady State Combustion and the Combustion of Successive Batches of Particles
As the steady state combustion can be approximated by the combustion of successive batches thrown into the convenient to compare the combustion re essive batch tion. Starting from the combustion of successive batches of carbon particles in a bubbling fluidized bed reactor, the ratio between the carbon mass of the batch and the corresponding combustion time gives the mass flow rate of carbon supplied to the bed, which will be equivalent to the carbon bed inflow under steady state operating conditions. The result of the comparison between these two situations can be observed in the next figures. Results in Figure 3 concern particles with an initial diameter of 2 mm burning in a fluidized bed operating at 800˚C, while data in Figure 4 concern 5 mm particles burning in a bed at 750˚C. Table 1 shows the characteristics of the fluidized bed that was adopted for these calculations.
In this first analysis it is not considered a mass flow of carbon enough to guarantee the maintenance of an adequate bed temperature. It is implicit a supplementary heating support to assure the maintenance of the d temperature, like in laboratory scale experiments. Through the comparison between the batch combustion time t bc and the corresponding steady state combustion time t stc , it is possible to verify that the divergence of In Figure 5 it 65% reduction  = ion tim and article, using the  = 0.6 situati efere keeping the other operating conditions constant (60 g/h of pine nut char, 2 mm initial diameter of fuel particles and U/U mf = 7), the curves shown in Figure 6 were ned, whereas in Figure 7 burning times for particle ith initial diameters between 1 and 5 mm, carbon mass flow rates of 60 and 120 g/h and for a bed temperature of 800˚C, are shown.
The importance of the shown in Figure 8 for combustion at 750˚C and  = 0.7. The influence of this velocity ratio U/U mf is enhanced with the fuel particle diameter, indicating that for smaller particles the combustion reaction is kinetically controlled, while diffu Diffusion and kinetics both compete for the control of the combustion reaction and the relative importance of these two phenomena changes, according to the op g conditions. Figure 9 shows the relative importance of these two phenomena along the development of the combustion process for the combustion of a carbon mass flow rate of 60 g/h of pine nut char with 5 mm initial diameter in a bed operating at 750˚C and for U/U mf = 15.
Another interesting comparison is the analysis of the relative importance of kinetics and diffusion for cork oak char and for an initial fuel particle diameter of 2 mm, Figure 10 . It is now found that in spite of this char being more reactive than the previous one [48] , the importance of the smaller initial diameter is the dominant influence and the reaction is always kinetically controlled. The same happens with the pine nut char with d i = 2 mm, its lower reactivity makes it even more dependent upon the kinetics and consequently on the combustion temperature.
In Figure 11 the behavior of pine nut and cork oa thus more porous, is more reactive and presents a higher intrinsic area available for the heterogeneous phase reaction leading to shorter combustion times. In all these plots, Figures 3-11 , the calculated results are based on the assumption that both the temperature of burning fuel particles the bed temperature, are identical. As previously said the burning fuel temperature should be about 100˚C above the bed temperature. However such information was obtained at laboratory scale experiments through the study of combustion of batches of particles and there are no data, also at laboratory scale, to get reliable information about particle burning temperatures under steady state conditions. A higher burning temperature means a lesser importance of the kinetic control. However, in general terms the conclusions drawn from Figures 3-11 remain intact.
Performance of a Fluidized Bed Burner with 1 m Diameter
The next example is the analysis of the behavior of a larger size bubbling fluidized bed burner, working in steady state and self-sustained combustion of pine nut char. The dimensions and main properties of this reactor are presented in Table 2 .
There are other basic assumptions adopted for the present development, which must now be stressed, becaus Fuel particles burn at the un te re; 
In Figure 12 results from the application of this model to the four mass flow rates of combustion air presented in ble 2 Ta are plotted. The burner is fed with ambient air (21% (v/v) O 2 ) and works at atmospheric pressure. It is assumed that the CO formed by the heterogeneous phase reaction at the surface of the particles will lately burn away from them, but inside the bed [28, 29, 50] .
The results in Figure 12 show the particle burning time in a steady state combustion process t stc , and the evolution of the bed temperature as a function of the nut pine char mass flow rate, effective carbon mass flow rate. Figure 13 , presents the curves corresponding to the thermal power being released through the char particles combustion process, assuming a lower calorific value for de carbon of 32,794 kJ/kg. The evolution of U/U mf is als plotted in the figure.
Finally Figure 14 , presents the instantaneous inventtory of carbon mass in the bed as well as the evolution of the oxygen volumic fraction inside the dense phase of the bed, whose values change from 13% to 14.7%. All these tendencies are plotted as a function of the equivalent carbon mass flow rate fed into the bed. The decomposition of these calculations results in four well defined fuel mass flow ranges; equivalent carbon mass flow rates from 6.5 to 8 kg/h, from 8.6 to 10.1 kg/h, from 11 to 12.6 kg/h and finally from 13.1 to 15.2 kg/h, for a constant mass flow rate of fluidizing air for each fuel flow range. This shows in a simple and clear way the dependence between the bed operating conditions and the combustion regime. In these three figures the mass flow rates of 300, hose of Table  , with some slight changes that will be presented next.
itial diameter of 2 mm and the bed tempe ass flow rate (as carbon equivalent value) raises fr ture stays constant the particle combustion time barely changes. Also from this Figure 15 it can be seen that the ratio U/U mf changes from 5.2 to 11.8, and the maximum value is still far away from the ratio U t /U mf corresponding to the bed sand particles which is 26.4, meaning that the elutriation of the bed sand particles is negligible. The same cannot be said about the fuel particles, because of their lower density they will be easily dragged out of the bed in the fluidizing and combustion gases flow. However such event was not accounted for in the present simulation. In real systems solid unburned particles are captured by cyclonic systems placed in the exhaust section of the boilers or furnaces and are reintroduced back in the bed. As such, in a simple approach this can be done by simply ignoring this elutriation, capture and re very interest- 400, 500 and 600 kg/h refer to the air mass flow rates necessary to establish the four operating regimes previously referred. According to the carbon inventory in the bed, its value is always below to1 kg for all analyzed situations, while the total mass of the bed sand is of 332 kg, thus the carbon mass fraction inside the bed is always lower than 0.3%.
In Figure 15 results of the bed behavior in a situation closer to reality are presented because in practical terms the control systems adjust the fuel and comburent flows in order to keep the bubbling bed temperature inside close limits previously defined by the operator. For this case the working conditions are in general t 2
This Figure 15 shows the performance of the fluidized bed burning nut pine char in steady state regime. Particles have an in rature is of 750˚C. The mass flow rates of fluidizing air and fuel increase in order to keep the bed operating temperature in 750˚C. The thermal power released during the combustion process goes from 86 to 194 kW, when the fuel m om 9.4 to 21.3 kg/h, while the mass flow rate of the fluidizing air goes from 400 until 900 kg/h.
There is a minor reduction of the particle burning time because for this initial size the combustion is kinetically controlled, see Figure 10 , and as the bed tempera-introducing sequence, as if fuel particles were never elutriated away from the bed.
The particle combustion time follows a ing path for the range of operating conditions considered.
For this particle size, type of char and bed temperature, Copyright © 2013 SciRes. EPE C. PINHO 221 th the kinetics an e increases, from 750 kg/h of flu e kinetics has some supremacy on the reaction control although there is also some influence of the bed hydrodynamics superimposing itself upon the competition between kinetics and diffusion. At the beginning of the combustion regime being analyzed, the burning time decreases with the increase of the fluidizing air mass flow rate, even if the carbon inventory in the bed is also increasing, but around 700 kg/h of fluidizing air mass flow, the combustion time stabilizes. In this situation the combustion reaction is being controlled by d the combustion time does not change because there is no change on the bed temperature, Figure 16 .
Another situation is the steady state combustion of the same pine nut char but with 5 mm initial diameter particles in a bed operating at 800˚C, so that the importance of diffusion on the control of the combustion is now enhanced, Figures 17 and 18 .
Comparing Figures 16 and 18 , it is found that for the second case the particle burning time suffers an initial reduction but then after reaching a minimum value it starts increasing. The initial decrease of the combustion time, is the result of the increase of the mass transfer rate with the augmentation of the mass flow of fluidizing air. From 650 to 750 kg/h the combustion time stays approximately constant, two contradictory effects are acting against each other, the diffusion and the fact that there is an increase of carbon inventory in the bed, which leads to an increase of the combustion time. When the weight of the increase of carbon inventory in the bed starts dominating, the combustion tim idizing air mass flow and beyond. These time changes are however small, of the order of tenths of minutes.
Conclusions
Through the study of the steady state combustion of char particles in a bubbling fluidized bed reactor it is shown that:  Starting with the experimental data obtained in laboratory scale studies of batch combustion of char particles such information about the kinetic and diffusive is adequate for the understanding of the performance of the same type of burners working in steady state conditions;  It is possible to evaluate the relative importance o burners. The simple approach considered in this text allows, because of its simplicity, a quick understand-f kinetics and diffusion for the control of the combus tion reaction;  It is possible by means of a simple mathematical model to carry out a primary design of this type of
